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ABSTRACT

Fluidized bed was employed to investigate propane steam reforming over Ni-K/CeO.-Al,O3 catalyst. The catalyst was
characterized by XRD, SEM, TG/DTA, and N, adsorption-desorption tests. Effects of promoters, space velocity, temperature,
and steam/propane (S/C) ratio on propane conversion, H; yield, Ho/CO ratio, and stability were studied and discussed. The
experiments were carried out under conditions which favored coke formation. The reaction in the fluidized bed was compared
with the reaction in a conventional fixed bed reactor. Obtained results indicated that fluidization and continuous circulation of
catalyst induced back-mixing phenomena, increasing contact rate between catalysts and feed, uniform distribution of
temperature, and steam concentration. As a result, higher conversion, H; yield, and significant suppression of coke deposition
were observed in the fluidized bed at all of the experimental conditions. The fluidized bed catalyst also exhibited good
regenerability by restoring its initial catalytic activity after one h of regeneration in air. It was shown that fluidization could
compensate for the lack of water and enhance coke gasification. At S/C=3, the catalytic performance in both reactors was almost
stable. With decreasing S/C to 2.5, the activity in the fixed bed decreased rapidly. While the stability was more pronounced in
the fluidized bed. At S/C=1.5, the catalyst at both reactors deactivated fast due to the lower H/C ratio, massive coke formation,
and poor fluidization.

Keywords: Fluidized bed, Steam reforming, Propane, Coke formation.

1. Introduction and propane as the main component of the LPG appear

By increasing global concerns about the environmental &S more preferred feedstock for hydrogen production

contaminations, hydrogen has attracted much attention [51

as an effective and clean energy source [1]. In addition, ~ LPG is a by-product of gas processing and
hydrogen and syngas are the raw materials frequently ~ commercially available. In addition, propane can be
used in the production of liquid fuels and oxygenated ~ readily liquefied under low pressure at ambient
products [2, 3]. Nowadays, the most common routes for temperature. So it is very convenient for safe storage

hydrogen production are steam reforming, partial ~ and transportation [10]. Nowadays, the demand for
oxidation, oxidative steam reforming, and CO; using feedstock with high volumetric hydrogen density
reforming of different hydrocarbons [4-7]. Currently, ~ is more prominent for fuel cell applications and on-
steam reforming of natural gas is the most economical ~ board hydrogen production [11]. Propane is cleaner and
method for syngas production due to its abundance [8].  contains a higher amount of hydrogen as compared with

However, where infrastructure for natural gas  heavier hydrocarbons, including naphtha and diesel [9].

processing has not been developed, liquefied petroleum ~ There are various pathways for hydrogen production
gas (LPG) from propane [12-14]. Studies have been focused on

*Corresponding author propane steam reforming (PSR) further through reaction

E-mail address: golshanmazloomg4@gmail.com (G. (1) because steam can also be a hydrog(_en source, and
Mazloom) more concentration of hydrogen can be yielded [9].
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C,H, +3H,0 —3C0O + 7H, AH gy =499kJ/mol (1)

Catalysts are based on non-noble metals, especially Ni,
over different supports; alumina, zirconia, and ceria
have been studied widely in PSR due to the high activity
and cost-effectiveness [15-18]. However, coke
formation is still a big problem for developing Ni-based
catalysts. Adding another metal as a promoter is a
common strategy considered by different researchers to
improve the activity and stability of Ni-based catalysts
[19]. Employing cerium and potassium as promoters are
highly regarded [19, 20]. It has been reported that
reducibility and active phase dispersion are promoted by
ceria addition [21, 22]. Also, ceria can improve
resistance against coke deposition through its high
oxygen capacity [23, 24]. Based on the literature,
potassium addition can change the acid-base properties
of the catalyst in favor of water gas shift reaction
(WGSR) and coke gasification in steam reforming
reactions [20].

Due to some disadvantages accompanied by fixed bed
reactor such as high-pressure drop, pore diffusion
limitation, low heat conductivity, non-uniform
temperature distribution, lack of continuity in the
regeneration and replacement of the catalysts,
development of these reactors on an industrial scale is
limited. Besides catalyst improvement, different reactor
technologies have been widely studied to improve
different reforming processes and counteract possible
defects (coke formation and low H; vyield). Different
reactor types have been proposed; microchannel
reactors, monolith reactors, foam reactors, fixed bed
membrane reactors, fluidized bed membrane reactors,
fluidized bed, and circulating fluidized bed reactors [25-
29]. Some specifications of the fluidized bed reactor,
including small pressure drop, more efficient
temperature control and negligible mass transfer
limitations, make it a good candidate for reforming
reactions. Shi et al. [26] studied the effects of operating
parameters on the methanol steam reforming in the
fluidized bed reactor. Khajeh et al. [28] have modeled
the fixed bed and fluidized bed methane tri-reformers
based on the mass and energy balances. The superiority
of the fluidized bed was proved by an enhancement in
feed conversions and hydrogen vyield. Jing et al. [29]
have shown that fluidization favors inhibiting deposited
carbon and thermal uniformity in the reactor as
compared with the fixed bed. However, the literature
review has shown that fluidized bed reactors have been
extensively studied for reforming of different gas and
liquid hydrocarbons. But to our knowledge there are no
literature data about the application of fluidized bed in
PSR. In this study, the catalytic performance of Ni-

K/CeO,-Al,O; catalyst in PSR was compared in
fluidized and fixed bed reactors. The effects of
promoters, space velocity, temperature and steam
content on propane conversion, H, yield and stability
were studied. Steam content was chosen under
stoichiometric value which was in favor of coke
deposition.

2. Experimental

2.1. Catalyst preparation

CeO,-Al,O3 support was prepared by the impregnation
of commercial Al,O3 (Merck) in an aqueous solution of
Ce(NOs):.6H,O  (Merck) with an appropriate
concentration and 80 °C followed by drying at 100 °C
for 12 h and calcination at 700 °C for four h in air.

Ni-K/CeO,-Al,O3 catalyst was prepared by the co-
impregnation method [30, 31]. The synthesized CeO-
Al,O; powder was added to the solution included
Ni(NO3).6H,O (Merck) and KNOs (Merck). After
impregnation at 80 °C, the rest of the process was
performed as described above. The Ce, Ni and K
nominal content were chosen as 6 wt.%, 10 wt.% and 2
wt.%, respectively.

To evaluate, the effects of K and Ce on the catalytic
performance, Ni/CeO,-Al;03, Ni-K/Al,O3 and Ni/Al,O3
were also synthesized with the above-mentioned
preparation method and nominal content. The catalysts
were sieved to the mean diameter of 120 um. The
Pycnometer was used for the determination of the
specific gravity of the particles (3.4 g/cm?).

2.2. Catalyst characterization

The structural characterization of the fresh catalyst was
obtained by X-ray diffractometer (PW1730 Philips) in
the range of 20 = 10°-80°. The BET surface area, pore
volume and pore size distribution of the used and the
fresh catalysts were measured by N, adsorption and
desorption isotherm at 77 K by an automated gas
adsorption analyzer (BELSORP-mini Il, BEL, Japan).
The morphology of the spent catalysts was characterized
by scanning electron  microscopy (TESCAN
VEGA/XMU). Calculation of the amount of carbon
deposited on the used catalysts was carried out by TG-
DTA analysis using STA504 (Bahr, Germany).

2.3. Reaction system

The fluidized bed reactor was a quartz tube with 11 mm
internal diameter and 500 mm length. This tube is
equipped with a distributor which is made of dense
quartz wool. The reactor was placed in a vertical
furnace. A PID controller joint with a K-type
thermocouple was used for temperature control. The
schematic of the fluidized bed set-up is shown in Fig. 1.
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Fig. 1. lllustration of the fluidized bed set up schematically

The fixed bed reactor consisted of the same quartz tube
installed in a horizontal furnace. The catalyst was placed
between two layers of quartz wool in order to prevent
catalyst movement.

In each run, 300 mg of catalyst was charged into the
reactor and reduced with 35 mL/min H; flow at 750 °C
and for 3 h. A mixture of CsHg and N2 with appropriate
amounts was prepared as the reactor feed. A syringe
pump was used to transfer water to the reactor. Water
was converted to steam in preheater before entering into
the reactor. The products and reactants composition
were analyzed by on-line ThermoFinnigan (Model No.
KAV00109) gas chromatograph (GC). The operating
conditions of the experiments used in this study are
shown in Table 1. The propane conversion, hydrogen
yield, H./CO ratio and deactivation (AXx) were
calculated as follows:

Foon —F
XC3H8 — in.C3Hg outCsHg ><100 (2)
in.C5Hg
F
" — outH, %100 (3)
4% F e, + Finngo
H, = M 4)
CO I:out.CO
AX — XC3H8.max C3H8.min XlOO (5)
XC3Hs.max

Where Fin, Fout, X and Y are inlet molar flow rate, outlet
molar flow rate, conversion and yield of the component
i, respectively.

Minimum fluidization velocity (Umf) was estimated
experimentally with N, at environment temperature.
The bed pressure drop curve versus increasing and

| Furnace

H W H Steam Generator
A

Ice-Water trap

i Temperature

i Controller Flow meter

decreasing gas inlet velocity was measured. According
to the Fig. 2, Ums of 1.2 cm/s was determined where bed
pressure drop did not change further with the gas
velocity.
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Fig. 2. Determination of Uns. For catalyst.
Table 1. The selected operating conditions
Variable Range studied
Particle diameter, d, 120 um
Particle density, pp 3.4 glcm?
Catalyst weight 300 mg
Temperature, T 600-750 °C
Relative velocity, Uo/Ums 1-3
Gas hourly space velocity, 13600-41000 mL/
(GHSV) (9.h)
Steam/propane, S/C 15,253
3. Results and discussion

3.1. The characterization of the fresh catalyst

The XRD pattern of the fresh Ni-K/CeO,-Al,Os catalyst
is shown in Fig. 3. The reflections of NiO (26= 37.3°,
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43.3°, 62.9°, 75.5°), CeO, (26= 28.5°, 33.3°, 47.5°,
56.3°), K;0 (26=63°) and Al,O3 (26=67.3°) are clearly
visible [32].

Intensity (a.u.)

20 30 40 50

20

60 70 80

Fig. 3. The XRD pattern of the fresh Ni-K/CeO,-Al,0s
catalyst

3.2. Catalytic performance
3.2.1. The effect of promoters

The activity and stability of all synthesized catalysts
were investigated in fluidized- and fixed-bed reactors at
T=650 °C, GHSV=27000 mL/ (h.g) and S/C= 3 for 7 h.
The propane conversion and H; yield for the catalysts
with different promoters as a function of reaction time
are shown in Fig. 4. The amounts of deactivation (AX)
obtained over different catalysts in fixed- and fluidized-
bed reactors are presented in Table 2. All the fluidized
bed catalysts exhibited more stable as well as more
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active performance compared to the fixed bed reactor.
The results showed that both activity and stability were
improved for the catalysts doped with Ce or K.
However, the effects of promoters on stability were
more pronounced. For example, for the fluidized bed
reactor, a decrease in AX from 20.7% for Ni/Al;Os to
10.1% and 7.6% was observed with the introduction of
Ce and K, respectively. There are little differences
between initial propane conversion obtained by K-
doped and Ce-doped catalysts. While Ni-K/Al,Os
showed slightly higher H. yield than that of Ni/CeO.-
AlLO:s.

The Ni-K/CeO,-Al,O3 was more active than the others
with higher propane conversion, higher H; yield and
higher resistance for coke formation. It seems that the
synergetic effects between metals resulted in the
superior activity of Ni-K/CeO,-Al,O; catalyst.

Based on the literature review [20-24], ceria has high
oxygen storage capacity, providing higher activity as
well as higher resistance to coke formation. K doping
promotes gasification and WGSR reactions and reduces
the methanation reaction via effects on the acid-base
properties of the catalyst. Also, Ni dispersion improves
in the presence of K and Ce, due to the stronger metal-
support interaction as well as preventing metal sintering.

Fixed bed
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Time on stream (min)

0 50 100 150 200 250 300 350 400 450

Time on stream (min)

Fig. 4. Catalytic performance over o)Ni/Al;Os, A)Ni-K/AlLOs, o) Ni/CeO,-Al,03, ¢)Ni-K/CeO,-Al,Os. Reaction condition:

T=650 °C, GHSV=27000 mL/(g.h) and S/C=3
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Table 2. Amounts of different catalysts deactivation (%) at
T=650 °C, GHSV=27000 mL/(g.h) and S/C=3

Catalyst Fluidized bed Fixed bed
Ni-K/CeO,-Al,03 2.6 7.8
Ni/Al;O3 20.7 23.4
Ni/CeO2-Al;03 10.1 14.6
Ni-K/Al, O3 7.6 13.2

3.2.2. The effect of feed flow rate

Fig. 5 indicates the effects of the space velocity on the
propane conversion obtained over Ni-K/CeO,-Al,O3 at
both fluidized and fixed bed reactors. The GHSV was
varied between 13600 to 41000 mL/(h.g) via changing
the inlet gas flow rate (Uo/Umi= 1-3) while the catalyst
mass was kept constant. The other operating conditions
were fixed at T=650 °C and S/C=2.5. At low space
velocity, the obtained propane conversion was almost
similar at both reactors indicating that particles did not
fluidize well at low Uo. At higher space velocity, the
propane conversion was obtained higher in the fluidized
bed and the differences between two reactors became
significant. Also decreasing the trend of propane
conversion in the fluidized was not as much as in the
fixed-bed. It may be due to the back-mixing phenomena
in the fluidized bed which increase the residence time of
gas in the catalytic bed [33]. In addition, increasing Uo
resulted in elevating gas-solid diffusion coefficient
which increase gas-catalyst contact rate [34]. Based on
Fig. 5, in other experiments in this work, the GHSV was
fixed at 27000 mL/(h.g).
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Fig. 5. Propane conversion obtained over Ni-K/CeO,-Al;03
at various GHSV. Reaction condition: T=650 °C, S/C=2.5

3.2.3. The effect of temperature
Fig. 6 indicates the effects of the temperatures on the
propane conversion and H yield obtained over Ni-

K/CeO,-Al,03 at both fluidized and fixed bed reactors.
The temperature was varied between 600 and 750 °C.

This temperature range was selected based on the well-
documented literature [35-37]. PSR is an endothermic
reaction. Literature data have shown that hydrogen
production is thermodynamically favored at the
temperature zone of 800 to 1000 K for S/C ratio<3 [38].
The other operating conditions were set at GHSV=
27000 mL/(g.h) and S/C=3. Fig. 6 shows that the
propane conversion and H, yield decreased rapidly as
the reaction temperature decreased due to the
endothermic properties of PSR (eq. 1). Also, obtained
propane conversion and H. yield were lower in the fixed
bed reactor than those of the fluidized bed and a
significant difference between two reactors in propane
conversion and H; yield were observed at lower
temperature.
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Fig. 6. A) Propane conversion and B) hydrogen yield obtained
over Ni-K/CeO,-Al,O3 at various temperatures. Reaction
condition; GHSV= 27000 mL/(g.h) and S/C=3

Highly endothermic properties of PSR can lead to a non-
uniform temperature distribution. This can cause
negative effects on catalytic activity. Better
performance of catalyst in the fluidized bed reactor can
be assured due to the continuous circulating of the
particles. Therefore, in the fluidized bed, higher heat and
mass transfer rates can be achieved which limited the
development of a significant temperature gradient.

A small amount of methane was also observed in the
products. Fig. 7 presents the temperature dependencies

287



M.M. Motiee et al. / Iran. J. Catal. 10(4), 2020, 283-294

of the outlet mole fraction of CH4 on dry basis. It can be
seen that the methane concentration in two reactors was
not much different. According to Fig. 7, the amount of
methane outlet from the two reactors will be reduced
significantly by increasing the reaction temperature.
Because methane produced by propane —cracking
reaction can participate in the reforming (eq. 6) and
cracking (eg. 7) reactions at elevated temperatures.

At 750°C, the propane conversion in the two reactors
was almost the same and approached the equilibrium,
but the amount of hydrogen yield in the fluidized bed
reactor was much higher. The difference in hydrogen
yield at high temperatures may be related to the different
reaction rate of the methane cracking (eq.7), methane
steam reforming (eq.6) as well as the reaction of carbon
oxidation (eg. 8) in the fixed- and fluidized-bed reactors.
Based on Fig. 6, in the stability tests in this work, the
reaction temperatures were fixed at 600, 650 and 680
°C.

6

-# Fluidized bed
5 @ Fixed bed

" N

Methane mole fraction (%)
w

550 600 650 700

Reaction Temperature (°C)

750 800

Fig. 7. Methane outlet mole fraction (on dry basis) obtained
over Ni-K/CeO,-Al,O3 at various temperature. Reaction
condition: GHSV= 27000 mL/(g.h) and S/C=3

3.2.4. Stability test at different conditions

The stability of Ni-K/CeO2-Al.03 was examined by 7 h
run time experiments in fluidized- and fixed bed
reactors at similar operating conditions. The reaction
conditions were: S/C=1.5, 2.5, 3, temperature= 600,
650, 680 °C and GHSV=27000 mL/(g.h). The propane
conversion and H; yield as a function of reaction time

CH, +H,0¢>3H,+CO AH,4 =206J/mol (6) are shown in Figs 8-10. The obtained H,/CO ratio at
. different reaction conditions is shown in Table 3. The
CH, <> 2H,+C AH,gy =75kJ/mol (7)  amounts of deactivation (based on eq. 5) at different
o conditions are presented in Table 4. Experiments at
C+H0 < CO+H, AHygq =131kJ/mol (8) T=600 °C and S/C=1.5 were not carried out due to the
low propane conversion.
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Fig. 8. The catalytic performance of Ni-K/CeO,-Al,03 at S/C=3. GHSV=27000 mL/(h.g)
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Fig. 9. The catalytic performance of Ni-K/CeO,-Al;0;5 at S/C=2.5. GHSV=27000 mL/(h.g)
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Fig. 10. The catalytic performance of Ni-K/CeO,-Al,O3 at S/C=1.5. GHSV=27000 mL/(h.g)

Based on Figs. 8-10, increasing steam concentration significant effect on the product distribution. The
improved H; yield as well as propane conversion. As obtained results were in agreement with the fact that
shown in Table 3, with increasing temperature and WGSR goes towards hydrogen production at lower
decreasing steam content, H./CO ratio decreased in both temperature and higher steam content.

the reactors. In the steam reforming reactions, the water o
gas shift reaction (WGSR, eq. 9) will also have a CO+H,0¢>CO,+H, AHpgy =-40kJ/mol (9)
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Table 3. Obtained H»/CO ratio over Ni-K/CeO.-Al,Os at different reaction conditions. GHSV=27000 mL/(h.qg)

Reactor T (°C) S/IC=3 SIC=25 SIC=15
Initial H/CO  Final Ho/CO  Initial HY/CO  Final Ho/CO  Initial HY/CO  Final Ho/CO
Fluidized bed 680 2.1 2.4 1.8 1.7 15 1.3
Fluidized bed 650 2.6 2.7 2.4 3.0 2.3 2.7
Fluidized bed 600 35 3.9 5.0 4.2 45 4.0
Fixed bed 680 2.8 2.9 3.3 3.9 3.4 3.2
Fixed bed 650 3.7 3.8 5.0 4.0 45 4.1
Fixed bed 600 4.5 4.7 5.8 4.8 5.4 4.5

Figs. 8-10 show that the activity of the catalyst
decreased steadily during 7 h on stream at both reactors.
However, the higher stability was observed from the
fluidized bed as compared to those from the fixed bed.
TG/DTA and SEM analysis revealed coke deposition
over all of the spent catalysts (section 3-3). Therefore,
coke deposition has been considered as the main reason
for the catalyst deactivation. Continuously circulated
particles between oxidizing and reducing area in the
fluidized bed lead to a lower coke formation and
therefore lower deactivation (section 3-3). In addition,
fluidization has positive effects on the more uniformly
axial and radial temperature gradient and steam
distribution.

Table 4. Amounts of Ni-K/CeO,-Al,O3 deactivation at

different conditions. GHSV=27000 mL/(h.g)

T AX (%)

(°C) “sic=3 siC=25 S/C=15
Fluidized bed 680 0.8 1.0 9.2
Fluidized bed 650 2.6 4.7 20.8
Fluidized bed 600 3.4 10.0
Fixed bed 680 5.2 10.1 13.3
Fixed bed 650 7.8 121 18.2
Fixed bed 600 9.0 19.3

Also the decreasing trend of the catalytic activity
postponed at both of the reactors with increasing
temperature and steam content. The quantity of coke
deposited on the samples was determined by the rate of
gasification (eg. 8) and the rate of Boudouard reaction
(eg. 10). It is expected that high temperature becomes
an obstacle for Boudouard reaction. On the other hand,
coke gasification is facilitated at a higher temperature
and higher steam content. Therefore, in agreement with
the obtained results in this work, higher temperature and
higher steam content are not in favor of coke formation.
Also Han et al. [33] reported that the rate of Boudouard
reaction is relatively higher than the rate of coke
gasification (eq. 8) in the fixed bed, while the opposite
is true in the fluidized bed. This phenomenon was
confirmed by the lower H.,/CO ratio observed in the
fluidized bed compared to the fixed bed (Table 3).

2C0O <> C+CO, AHjpq =—171kJ/mol (10)

Meanwhile the evaporation of water costs a great
amount of heat. Therefore, too high S/C ratio should be
avoided. In the fixed bed reactor, the deactivation of the
catalyst occurred rapidly when steam content was lower
than stoichiometric value. While the fluidization,
especially when S/C=2.5 can compensate for the lack of
water and enhance coke gasification which led to almost
the stability of the catalyst. Fig. 10 shows that when
steam content was too low (S/C=1.5) the catalyst at both
reactors was deactivated and the distinction between the
catalyst stability in both of the reactors was negligible.
In the low steam content, fluidization did not occur in
well quality due to the coke deposition and catalyst
agglomeration (as can be seen in Fig. 11). Hence, it can
be concluded that for PSR in this work, the ratio of
S/C>1.5 is a critical condition for coke formation.

A

Fig. 11. Ni-K/CeO,-Al,O3 Catalyst after 7 h being used in the
fluidized bed A) S/C=3, B) S/C=1.5

3.2.5. Regenerability study of the catalyst

Coke accumulation over the catalyst is a big obstacle in
the reforming reaction. Catalyst regeneration is carried
out by coke gasification [39, 40]. Fan et al. [39] have
examined the regenerability of Ni-Co/MgO-ZrO,
catalyst under different environment air, N2 and H, for
1 h. They reported that the deactivated catalyst can be
regenerated by air.

In this work, after 7 h stability test in the fluidized bed
reactor at T=600 °C, GHSV= 27000 mL/(h.g) and
S/C=25, the used Ni-K/CeO2-Al,O; catalyst was
regenerated in situ in the reactor under air atmosphere
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for 1 h. The regenerated catalyst was tested again under
the same reaction conditions as used in the stability test.
As shown in Fig. 12, the deactivated catalyst was
regenerated successfully. The initial catalytic activity
was almost restored.

80

—&— Fresh catalyst
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Fig. 12. Regenerability study of Ni-K/CeO,-Al,O3 catalyst in
the fluidized bed reactor. Reaction condition: T=600 °C,
GHSV= 27000 mL/(h.g), S/C=2.5. Regeneration condition:
air atmosphere, T=700 °C, GHSV= 27000 mL/(h.g)

3.3. The characterization of the spent catalysts

The morphology of the Ni-K/CeO,-Al:O3 spent
catalysts was characterized by SEM images, shown in
Fig. 13. Coke filaments were clear over all of the
samples. However, the amounts of the coke were
strongly affected by the steam content and reactor type.
It seems that the formation of filaments was more
significant over the catalyst used in the fixed bed
reactor. In addition, the filaments became longer and
thicker with decreasing steam content.

The radial and axial distribution of steam is a very
important factor affecting the structure and amount of
coke. More uniform distribution of steam may be
obtained in the fluidized bed due to the continuous
circulation of solids. Therefore, oxidizing of coke was
accelerated in the fluidized bed reactor. As a result, less
and smaller coke was formed on fluidized bed catalysts
[41].

Coke deposited over the Ni-K/CeO,-Al,O3 catalyst after
being used at different conditions was evaluated
guantitatively by TG/DTA analysis. The results are
presented in Figs. 14 and 15. The weight loss of the
sample used in the fixed bed and S/C=3 was about 40%
which increased to 60% by decreasing steam content to
1.5. In addition, the samples used in the fluidized bed
revealed the lower weight loss than those of the fixed
bed. By comparing two profiles of the fluidized bed
samples, it seems that the S/C ratio was effective in the
type rather than the amount of the coke deposited.

Fig. 13. SEM images of the spent Ni-K/CeO,-Al,0s catalyst.
[T=650 °C, GHSV=27000 mL/(g.h)] A: Fluidized bed, S/IC=3
B: Fixed bed, S/C=3 C: Fluidized bed, S/C=1.5 D: Fixed bed,
S/C=15
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Fig. 14. TG results of the spent Ni-K/CeO,-Al,O3 catalysts

The DTA profiles of all the samples are shown in Fig.
15. One shoulder at around 450 °C and a widespread
peak at 500-800 °C were indicated in all the samples,
attributed to the CHyx materials and coke filaments,
respectively. There was little difference between the
temperatures of the first peak which can be oxidized
easier. With decreasing the S/C ratio as well as using the
fixed bed reactor, the higher temperature peaks that can
lead to catalyst deactivation [34] shifted to higher
temperature. These observations were consistent with
the obtained catalytic activity and stability (Figs. 8-10).
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S/C=3 Fluidized bed T=650°C
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Fig. 15. DTA results of the spent Ni-K/CeO,-Al,O3 catalysts
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N> adsorption-desorption isotherms and the pore size
distribution of the used Ni-K/CeO,-Al,O; catalysts at
different conditions are illustrated in Fig. 16. Based on
Fig. 14, the used catalysts revealed the type V isotherm
with Hy hysteresis loop which is characteristic for
materials with non-uniformly meso-pores. In addition
Fig. 16-B shows the fluidized bed catalysts were smaller
and distributed more uniformly rather than the fixed
bed.
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Fig. 16. A) N, adsorption-desorption isotherms B) Pore size distribution of the spent Ni-K/CeO,-Al,Os catalysts.

The textural properties of the used Ni-K/CeO2-Al,O3
catalysts as well as the fresh one are shown in Table 5.
Based on the results in Table 5, decreasing in surface
area and pore volume accompanied by increasing pore
diameter were observed over all of the spent catalysts as
compared to the fresh one. It may be attributed to the
coverage and blockage of the small pores by coke
deposition. It seems that the conditions in which coke
was produced further (based on the TGA analysis) were
not in favor of surface area. Employing fixed bed reactor
as well as lower S/C content led to decreasing surface
area more intense in comparison with the fresh one.

High steam content and high reaction temperature can
lead to the increasing the rate of active phase sintering
[42]. Coke deposition and deactivation of the catalyst
are accelerated due to the sintering. Because the

interaction between the active phase and the support is
weakened. The surface area can be related to the average
equivalent particle size by the equation 11, where Dger
is the average diameter of a spherical particle in nm,
Sget represents the measured surface area of the powder
in m?g, and p is the theoretical density in g/cm? [43].
The average equivalent particle sizes of different spent
catalysts were calculated and compared in Table 5 with
the fresh catalyst. The particle sizes of the spent
catalysts in the fluidized bed were smaller than those of
the spent catalysts in the fixed bed at the same
temperature and steam concentration. Uniform
distribution of temperature and steam in the fluidized
bed reactor limited the sintering of the active phases.

6000
Dpgr = — 11
BET = So (11)

Table 5. BET analysis of the Ni-K/CeO,-Al,O; catalyst before and after being used in the PSR

T (°C) S/Cratio Surface area®(m?/g) Pore diameter ® (hnm) Pore volume ® (cm®/g) Dger (nm)

Fluidized 650 3 98.0 8.5 0.29 18.0
Fixed 650 3 93.9 12.8 0.30 18.9
Fluidized 650 1.5 94.3 11.8 0.27 18.8
Fixed Fresh 650 15 92.1 135 0.28 19.1
124.4 8.0 0.31 14.2

3 Calculated by BET method,  Calculated by BJH method,
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3.4. Comparison
Since the catalytic performance of fluidized bed in PSR

this study were evaluated with the results of Ni based
catalysts in similar systems in Table 6. As seen, Ni-

has not been investigated. So far, the results obtained in ~ K/CeO2-Al:O; catalyst in this work represented
acceptable results.
Table 6. Comparison of the obtained results in this work with the Ni based catalysts in similar systems
Catalyst Reactor Temp. Velocity S/IC  Conv.(%) Hyyield Coke deposition Ref.
(°C) (%)

Ni-K/CeO,-Al;03 Fixed 650 27000 3 70 60 40% weight loss This
mL/(h.g) after 7h work

Ni-K/CeO,-Al;03 Fluidized 650 27000 3 88 62 20% weight loss This
mL/(h.g) after 7h work

NiO-MgSiOs Fixed 800 50000 3 100 65 4.22 mg coke /gcar  [36]
mL/(h.g) after 20 h

10Ni-2La/SiO; Fixed 640 45000 3 100 69 5% weight loss [44]
mL/(h.g) after 7h

10Ni-3Ce/MgAl,04 Fixed 600 30000 3 94 62 10% weight loss [45]
mL/(h.g) after 7h

10Ni/CeO, membrane:  Membrane 500 124 mL/min 8.2 79.3 52.3 [46]

Pd/V/Pd

4. Conclusions

The catalytic performance of Ni-K/CeO,-Al,O3 catalyst
in propane steam reforming (PSR) was investigated in
the fluidized- and fixed- bed reactors. The obtained
propane conversion, H; yield, H./CO ratio and stability
under different temperatures (650-680 °C) and steam
concentration (steam/propane ratio (S/C) =3, 2.5 and
1.5) were compared and discussed. The operating
conditions were selected to be suitable for coke
formation. It was concluded that the fluidized bed was
beneficial for PSR. Higher propane conversion, H; yield
and a significant decrease in coke deposited were found
in the fluidized bed. In the fixed bed reactor, the catalyst
was deactivated rapidly when steam content was lower
than the stoichiometric value. While it seems that the
lack of water can be compensated by the circulation of
the catalyst between different areas this improves coke
gasification in the fluidized bed.
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